1. Introduction {#sec1}
===============

Microbial cells are used to produce a wide range of products. In a majority of the production processes, microbes are aerobic and require oxygen for respiration and the cultivation is carried out in aqueous medium. Therefore, efficient oxygen transfer from gas to liquid phase is essential.^[@ref1]^ The industrially relevant reactor scales are tens or hundreds cubic meters, and these reactors cannot be approximated by an ideally mixed approach. As pointed out by Nauha et al.,^[@ref2],[@ref3]^ the gas handling capacity of stirred tank reactors (STR) often becomes one of the limiting factors in the large scale. Furthermore, flow patterns in STR with high aspect ratio---typical for large scale applications---often exhibit compartmentalization of the overall dispersion flow and limited axial recirculation throughout the reactor volume.^[@ref4]^

The OKTOP®9000 reactor was originally developed for direct leaching of zinc concentrate during the 1990s. Today they are in use at some of the largest zinc production plants in the world with reactor volumes ranging around 1000 m^3^. Gas-to-liquid mass transfer is an important issue also in hydrometallurgy due to low oxygen solubility and high oxygen demand. Several hydrometallurgical operations are controlled by the rate of oxygen transfer from gas to aqueous phase. Therefore, the OKTOP®9000 reactor is designed to have high gas-to-liquid mass transfer capacity and good oxygen utilization efficiency at relatively low agitation power costs. Thus, this type of reactor is also suitable for fermentation processes that require high gas--liquid mass transfer capacity. Gas--liquid mass transfer studies in this type of reactor have been published by Kaskiala^[@ref5]^ and Tervasmäki et al.^[@ref6]^

For modeling the fermentation process, an accurate description of oxygen mass transfer is vital. Development of mass transfer formulation proposed in the literature can be followed since 1904, as it includes more features of physical mechanism and less assumptions.^[@ref7]^ Interfacial mass transfer is often described by surface renewal models out of which two groups can be distinguished, namely slip-velocity and eddy-cell models.^[@ref7]−[@ref9]^ In turbulent flows, volumetric power describes the mass transfer more adequately than slip-velocity models.^[@ref9]^ However, the influence of ratio between available energy in fluid and contact surface area of bubbles is unknown^[@ref8]^ and given by empirical coefficient.

Computational fluid dynamics (CFD) has been widely used by researchers to simulate complicated multiphase systems with coupled chemical reactions.^[@ref10]−[@ref15]^ Models describing gas--liquid hydrodynamics are capable of predicting agitated fluid flow with fair accuracy. At a compromise of time and computational power available, multiphase reactor performance can be evaluated. Simulating of industrial-scale applications (hundreds of m^3^) in a reasonably short time is not common; therefore, only a few relevant published works were found. The effect of spatial discretization on simulated results has to be mentioned here. Typically, reactor geometry does not require a high number of elements to resolve main flow features and simulation time is moderate. Unfortunately, this is not valid for energy dissipation rate which is known to be affected greatly by mesh size.^[@ref16]^ Lane^[@ref16]^ tested several turbulence models in lab scale stirred tank (72 L) at different grids and found that energy dissipation rate is resolved up to 90% at the grid of around 20 million mesh nodes that is not feasible in multiphase mixing simulations at industrial scale.

The local hydrodynamics and gas--liquid mass transfer rate from numerically resolving mass, momentum, and energy balance equations allow one to obtain more insight into assessing the reactor performance compared with empirical correlations for scale-up process of multiphase reactors. The empirical correlations are usually derived from laboratory or pilot-scale experiments where the characteristics of the substrate gradient and the gas--liquid mass transfer are different from the large scale mainly due to mixing heterogeneity.^[@ref17],[@ref18]^

Lapin et al.^[@ref19],[@ref20]^ developed an Euler--Lagrange approach to characterize the lifeline/history of an individual cell and performed the simulations of fed-batch cultivations in stirred tank reactors for *Saccharomyces cerevisiae* (0.07 m^3^) and *Escherichia coli* (0.9 m^3^). The modeling work concentrated, among other things, on the detailed description of the sugar uptake of the cells as both of the example organisms are sensitive to glucose concentration in the environment, and concentration gradients are typically expected in fed-batch reactors with high glucose concentration in the feed. Morchain et al.^[@ref10]^ performed the simulation of STR fermenters with volume of 0.07 and 70 m^3^, applying a Euler--Euler approach for gas--liquid flow and the population balance model (PBM) for microorganism heterogeneity. Haringa et al.^[@ref14]^ simulated the aerobic *S. cerevisiae* fermentation in a 22 m^3^ fermenter where a large scale substrate concentration gradient exited due to competition between the mixing and the substrate uptake. In their work, the Eulerian--Eulerian approach was used for gas--liquid fluid flow, coupling with PBM to account for bubble size distribution. The discrete phase model with one-way coupling was employed for tracking the cell population and describing the bioreaction. They found that substrate was well mixed within each circulation zone originating from the individual Rushton turbine. The concentration gradient was noticed to be compartmentalized along the reactor. However, the scale of the industrial reactor very often needs to be hundreds of cubic meters to achieve a profitable bioprocess, which leads to a significant computational power requirement.^[@ref2]^ Therefore, accurate resolving of turbulence characteristics becomes challenging at large scale, which has a significant effect on the gas--liquid hydrodynamics and mass transfer. The interactions between microbial metabolism and environmental factors such as oxygen and/or substrate concentrations and mass transfer conditions may be complex. Therefore, the suitability of a certain reactor type and operational conditions for microbial cultivation should be estimated by using information on the microbial growth--not solely based on the information on the hydrodynamic conditions.

The aim of this research is to develop a CFD model for simulating cell cultivation in an industrial-scale OKTOP®9000 reactor. Using process equipment sizing data, a model was developed that is able to provide accurate results efficiently with respect to computing power and simulation time within feasible limits. Gas--liquid hydrodynamics, oxygen mass transfer, and yeast metabolism reactions are considered in the model. The effect of compensated volumetric power on gas--liquid mass transfer is studied. The aerobic cultivation of *Pichia pastoris* is simulated in batch mode. The effect of oxygen supply on the cells metabolism is considered.

2. Materials and Methods {#sec2}
========================

2.1. Metabolism of *Pichia Pastoris* Yeast {#sec2.1}
------------------------------------------

The description of growth kinetics is based on the model presented by Tervasmäki et al.^[@ref21]^ The model recognizes three different metabolic routes, which may be present when the yeast is grown on glucose. Glucose is utilized as the primary carbon source either by a respirative ([eq [1](#eq1){ref-type="disp-formula"}](#eq1){ref-type="disp-formula"}) or fermentative ([eq [2](#eq2){ref-type="disp-formula"}](#eq2){ref-type="disp-formula"}) route depending on the oxygen availability. Ethanol, which may be present as a product from alcoholic fermentation, can be utilized by respirative metabolism ([eq [3](#eq3){ref-type="disp-formula"}](#eq3){ref-type="disp-formula"}) in the absence of the primary carbon source, glucose. The model has been developed and its parameters have been estimated based on literature sources. The specific reaction rates (*q*) and growth rates (μ) are presented by [eqs [4](#eq4){ref-type="disp-formula"}](#eq4){ref-type="disp-formula"}--[11](#eq11){ref-type="disp-formula"}.where *q*~i~ is the specific rate of component *i* (*g*~*i*~/(*g*~*x*~·*h*)) and subscripts *x*, *g*, *e*, and *o* denote cells, glucose, ethanol, and oxygen, respectively. Superscripts *ox* and *ferm* in [eqs [4](#eq4){ref-type="disp-formula"}](#eq4){ref-type="disp-formula"}--[9](#eq9){ref-type="disp-formula"} denote respirative and fermentative metabolism, and superscripts *g* and *e* in [eqs [10](#eq10){ref-type="disp-formula"}](#eq10){ref-type="disp-formula"}--[11](#eq11){ref-type="disp-formula"} denote oxygen consumption due to glucose and ethanol utilization, respectively. Parameters μ~max~, *Y*, and *K* are listed in [Table S1](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf). Details of the model and validation with laboratory scale experiments are presented in Tevasmäki et al.^[@ref21]^

2.2. OKTOP®9000 Reactor {#sec2.2}
-----------------------

The OKTOP®9000 reactor has been developed for direct leaching of zinc concentrate in atmospheric conditions. This proven technology applied in industry globally provides the following positive features: high oxygen mass transfer capacity and oxygen utilization efficiency, moderate mixing power requirement, and low mixing time. The OKTOP®9000 reactor is presented at industrial scale in [Figure [1](#fig1){ref-type="fig"}](#fig1){ref-type="fig"}. Three baffles are mounted to the vessel walls in the down part of the reactor in order to prevent flow circulation and promote mixing. Designed by Outotec, the stirrer is a combination of a hydrofoil impeller and a radial turbine. The upper parts of the blades are rounded to create high flow and fluid circulation inside the reactor whereas the down parts are made straight to disperse and distribute gas radially. The outer corners of the blades are trimmed to fit the draft tube and reduce the power number of the impeller. The stirrer clearance is 0.33T. A ring-sprager is mounted below the impeller. The ring has a square profile with replaceable upper lid that is perforated as needed. The lid surface (≈ 0.9 m^2^) of the ring-sparger is perforated uniformly with holes of 1 mm in diameter. The dimensions of the reactor are presented in [Table S2](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf). The liquid aspect ratio is set around 3.

![Industrial scale OKTOP®9000 reactor (left) (Outotec Plc., n.d.^[@ref22]^) and CAD geometry for large-scale reactor and impeller (right). Credit line: Adapted with permission from <http://www.outotec.com/products/leaching-and-solution-purification/zinc-concentrate-direct-leaching>. Copyright Outotec Oyj 2018.](ie-2018-02765n_0003){#fig1}

For the model validation purposes, the computational domain of the large-scale reactor is built based on scale-up of an existing laboratory scale test device. The main constructive differences between the industrial device and CFD model are in shaft orientation (bottom versus top entry) and draft tube support frames arrangement. These changes are not supposed to affect the overall hydrodynamics.

2.3. Operational Conditions of Batch Cultivation of *P. Pastoris* {#sec2.3}
-----------------------------------------------------------------

The batch cultivation of the yeast has been performed experimentally at the lab scale OKTOP®9000 reactor by Tervasmäki et al.^[@ref21]^ The volumetric power and aeration rate used in the lab scale tests were maintained when scaling-up the process to a 800 m^3^ reactor. The operational conditions during the cultivation are summarized in [Table S3](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf).

In CFD simulations, the aeration rate was varied to study the effect of oxygenation on the bacteria metabolism. Maximum air flow rate was limited by the flooding at the chosen mixing speed.

2.4. Numerical Approach {#sec2.4}
-----------------------

### 2.4.1. Simulation Strategy {#sec2.4.1}

The modeling was carried out in ANSYS Fluent 18 by a standard tool kit of the software package with partial usage of user defined function (UDF) when customization was needed. [Scheme [1](#sch1){ref-type="scheme"}](#sch1){ref-type="scheme"} presents a block-scheme of the simulation strategy used in this work. The overall strategy is divided in four parts entitled by names in red dashed squares. Initial properties of the solution of the cell cultivation process are used to calculate multiphase mixing hydrodynamics in the reactor. Gas--liquid mass transfer is found via postcalculation from the results of the resolved hydrodynamics at steady state. Biological activities are then simulated using data from the simulated hydrodynamics, oxygen mass transfer, and initial species concentrations.

![Block Scheme of Numerical Approach Used in This Work](ie-2018-02765n_0012){#sch1}

### 2.4.2. Multiphase Fluid Flow {#sec2.4.2}

The volume averaged Stoke's number ([eq [12](#eq12){ref-type="disp-formula"}](#eq12){ref-type="disp-formula"}) for the studied system is around 11, meaning that the gas phase influence on the liquid phase is not negligible and it has to be taken into account.where τ~*p*~ and τ~*q*~ are the relaxation time of the primary phase and bubble, s, *d*~*p*~ is the bubble diameter, m, ε is the energy dissipation, m^2^/s^3^, and ν is the kinematic viscosity, m^2^/s.

Therefore, the Eulerian--Eulerian multiphase approach was used to simulate gas--liquid flow, in which gas and liquid phases are considered as interpenetrating continua expressed via volume fraction per phase and the mass balance is controlled by [eq [13](#eq13){ref-type="disp-formula"}](#eq13){ref-type="disp-formula"}. A set of conservation equations is solved for each phase ([eqs [14](#eq14){ref-type="disp-formula"}](#eq14){ref-type="disp-formula"} -- [15](#eq15){ref-type="disp-formula"}).where α~*i*~ is the phase volume fraction, a phase velocity, m/s, is the pressure, Pa, and μ and μ~turb~ are the laminar and turbulent viscosities, Pa·s.

### 2.4.3. Turbulence {#sec2.4.3}

It was desired to develop a model that is able to provide results efficiently with respect to computing power and time, for which reason it was decided to apply a Reynolds-averaged Navier-Stoke's (RANS) turbulence model in the current simulations. Turbulence formulations in RANS models are based on statistical analysis rather than on actual physical phenomena. In our previous work,^[@ref23]^ three popular models in the RANS family were tested, namely the Realizable k-ε model, the shear stress transport k-ω model (k-ω SST), and the Reynolds stress model (RSM). The Realizable k-ε model produced the most accurate results for single and multiphase mixing in round-bottom STR and has therefore been applied in this work.where *k* is the turbulence kinetic energy, m^2^/s^2^.

The dispersed turbulence formulation model was used since the secondary phase is dilute and fluctuating quantities of the gaseous phase may be found as the function of the mean terms of the liquid phase. At first, turbulence terms *k* and ε are computed for the primary phase. Then, secondary phase turbulence terms are found and exchange of turbulence momentum between phases is computed based on Tchen-theory.^[@ref24]^

### 2.4.4. Phase Interaction {#sec2.4.4}

Gradov et al.^[@ref23]^ showed that the Schiller--Naumann's drag force model in conjunction with Lane's turbulence modification factor gave the most accurate results for air--water mixing in a stirred tank at the assumption of constant bubble diameter equal to 1 mm. Also, the effect of nondrag forces was found insignificant. Therefore, in order to reduce computational complexity and promote solution stability, the above-mentioned combination of models was used to simulate drag force, while other force models were ignored. The momentum conservation eq ([eq [18](#eq18){ref-type="disp-formula"}](#eq18){ref-type="disp-formula"}) includes the cumulative force ~*q*~ ([eq [19](#eq19){ref-type="disp-formula"}](#eq19){ref-type="disp-formula"}) acting on the primary phase.

Different drag models can be found in published literature. The most popular model, proposed by Schiller and Naumann^[@ref25]^ in [eq [21](#eq21){ref-type="disp-formula"}](#eq21){ref-type="disp-formula"}, is a drag model suitable for rigid spherical particles.where ρ~*p*~ is the particle density, kg/m^3^, *C*~*D*~ is the drag force coefficient, *Re* is the relative Reynolds number, and *A*~*i*~ is the interfacial area, m^2^. The drag force coefficient is the function of Re according to the following formulation:

The drag force model is based on bubble rise velocity measured in stagnant fluids, which is higher than rise velocity in turbulent flow. A model correcting drag force coefficient for turbulence was proposed by Brucato et al.^[@ref26]^ at first. This turbulence modification factor concept ([eq [22](#eq22){ref-type="disp-formula"}](#eq22){ref-type="disp-formula"}) changes stagnant fluid drag force to make it suitable for adoption in turbulent multiphase flow simulation. Later, Lane et al.^[@ref27]^ suggested a new correlation ([eq [23](#eq23){ref-type="disp-formula"}](#eq23){ref-type="disp-formula"}) for turbulence modification factor that is based on ratio of stagnant to turbulent terminal velocity to be correlated with ratio of particle relaxation time to integral time scale of turbulence.where η is the turbulence modification factor, *K* = 6.5 × 10^--6^ and λ is the Kolmogorov length scale, m.

The presence of a bubbles swarm reduces liquid flow energy increasing drag force between phases. The effect of gas volume fraction (0.01--0.45) of dispersed gas onto gas--liquid drag force has been modeled by Roghair et al.^[@ref28]^ in the flows of intermediate and high Reynolds number aswhere *Eö* is the Eötvös number, which is a dimensionless number to characterize the shape of bubbles or drops moving in a surrounding fluid.

### 2.4.5. Mass Transfer {#sec2.4.5}

According to the eddy-cell model, mass transfer is described as a function of energy dissipation rate and rheological parameters defining micromixing.^[@ref9]^ With the assumption of constant temperature, local energy dissipation determines the mass transfer coefficient according to [eq [26](#eq26){ref-type="disp-formula"}](#eq26){ref-type="disp-formula"} as suggested by Kawase and Moo-Young:^[@ref29]^where *D*~*L*~ is the gas diffusivity in liquid, m^2^/s (2.26 × 10^--9^, Han and Bartels^[@ref30]^), ρ is the liquid density, kg/m^3^, *K* is the consistency index, Pa·s^*n*^, *n* is the dimensionless flow behavior index, and *C* is the proportionality coefficient. The effect of gas bubbles on the mass transfer coefficient is taken into account with the proportionality coefficient. The value of 0.301 for the coefficient, proposed by Kawase and Moo-Young,^[@ref29]^ has been tested by Garcia-Ochoa and Gomez^[@ref31]^ and was found to produce accurate results for gas--liquid mass transfer in stirred bioreactors.

The specific volumetric surface area of the secondary phase is found as follows:Calderbank et al.^[@ref32]^ proposed a correlation for Sauter mean diameter of bubbles in alcohol solutions:where σ is the surface tension, N/m. The surface tension of the water--ethanol (1%) solution was measured and resulted in 0.069 N/m.

Machon et al.^[@ref33]^ tested solutions of various gas--liquid surface tension in a stirred tank at three different vertical locations by recording bubble sizes. They concluded mean bubble size as a function of surface tension and specific volumetric mixing power. Based on the results presented, mean bubble size is 2 mm in 1% water--ethanol solution. Later, Hu et al.^[@ref34]^ tested gas--liquid solutions of various surface tensions in turbulent flow and proposed a correlation for Sauter mean bubble size, predicting similar bubble size (2 mm) in OKTOP®9000.

### 2.4.6. Bacterial Activity {#sec2.4.6}

The conservation equation of species transport in turbulent flow is as follows:where *Y*~*i*~ is the mass fraction of component *i*, *D*~*i*,*m*~ and *D*~*t*~ are the diffusivities due to laminar and turbulence diffusion correspondingly, m^2^/s, and *R*~*i*~ is the net rate of production of species *i* by chemical reaction kg/(m^3^·s).

Haringa et al.^[@ref14],[@ref15],[@ref35]^ found significant concentration gradients at *Da* ≈ 50 along the tall reactor equipped with four Rushton turbines, compartmentalized them, and performed a scale-down simulator design from CFD data. However, such concentration gradients are negligibly small (*Da* ≈ 5) in OKTOP®9000 at the studied operational conditions. Therefore, the method is not feasible in this work. Net reaction rates of the species are modeled via UDF as a source term.where *i* denotes a species, *c*~*o*~^*sat*^ is the oxygen saturation concentration in the liquid phase, g/L; *c*~*o*~ is the oxygen concentration in the liquid phase, g/L; *c*~*x*~ is the biomass concentration, g/L; *p*~*h*~ is the hydrostatic pressure, atm; *p*~*vapor*~ is the vapor pressure (0.0419 at 30 °C according to Lide et al.^[@ref36]^), atm; *k*~*H*~ is the Henry's constant (770), atm·L/mol; *w*~*o*~ is the mass fraction of oxygen, and *M*~*o*~ is the molar weight of oxygen, g/mol.

### 2.4.7. Boundary Conditions, Solver Settings, and Convergence Criteria {#sec2.4.7}

Mixing in the draft tube reactor was modeled using the multiple reference frame (MRF) method where the rotor is fixed, around which the fluid in the mixing zone is rotated. The method allows steady state simulation at accuracy comparable to the sliding mesh (SM) method as proved by Joshi et al.^[@ref37]^ In the works published previously,^[@ref23],[@ref38]^ the MRF approach in combination with the Realizable k-e turbulent model simulated flow characteristics in a STR accurately close to PIV measurements. Moreover, the results of the sliding mesh approach are not sufficiently verified in turbulent and multiphase mixing flows.^[@ref37]^

Near wall flow was modeled using a standard wall function due to simplicity and varying y+ value along the walls of the draft tube reactor. Therefore, the grids were made such that the elements next to the wall fell into the range 30--300 of y+ value.^[@ref39]^

In the CFD simulations, the stirred tank can be considered as a semibatch system where gas, supplied via sparger, exits through the liquid surface. The boundary conditions are schematically presented in [Figure [2](#fig2){ref-type="fig"}](#fig2){ref-type="fig"}.

![Schematic presentation of boundary conditions to simulate gas--liquid mixing.](ie-2018-02765n_0004){#fig2}

At first, the liquid phase mixing flow field has been simulated. Then, in order to reduce computational instabilities, the simulation was switched to transient state (time step is 0.02 s) and gas was fed until mass balance criteria (5% deviation) was met and gas--liquid hydrodynamics stabilized. Under relaxation factors of pressure and velocity were reduced up to 0.15 and 0.35 correspondingly to facilitate convergence. A second order discretization scheme was applied to all the solved variables. The convergence criterion was set at 10^--4^ for all the calculated variables. When multiphase flow hydrodynamics have been computed, mass transfer was calculated on top of multiphase results according to [eqs [26](#eq26){ref-type="disp-formula"}](#eq26){ref-type="disp-formula"}--[27](#eq27){ref-type="disp-formula"}. Species transport equations were solved at frozen gas--liquid hydrodynamics.

### 2.4.8. Spatial Resolution {#sec2.4.8}

Spatial discretization is known to affect simulation results as mentioned earlier in [section 1.](#sec1){ref-type="other"} At feasible grid size, energy dissipation, which is an important parameter influencing bubble size, mass transfer coefficient etc., is underestimated in STRs already at lab scale, not mentioning pilot and industrial ones.^[@ref16],[@ref37]^ Therefore, refining a grid of the reactor of large scale would result in an enormous number of cells, which is not practical. The computational grid test carried out in this study had a purpose to preserve the main flow field features resolved such as liquid velocity and surface stress on the impeller. The mesh in the stationary zone was meshed by structured elements while the region around the impeller composed unstructured ones ([Figure [3](#fig3){ref-type="fig"}](#fig3){ref-type="fig"}). Four grids were produced by doubling the number of elements.

![Example of spatial discretization (grid 3) in vertical slice.](ie-2018-02765n_0005){#fig3}

The grid test ([Table S4](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf)) was performed using single phase mixed at 60 rpm. Out of the results, grid 3 with 2 million elements was chosen as an optimal one in further simulations.

### 2.4.9. Post Processing of Simulation Results {#sec2.4.9}

Power number (*N*~*p*~) measured at an industrial OKTOP®9000 reactor was shared by Outotec Co for validating the large-scale CFD model (see [section [2.2](#sec2.2){ref-type="other"}](#sec2.2){ref-type="other"}). The simulated power number was within 8% difference to *N*~*p*~ measured in the large scale reactor. From the model, the power draw can be expressed via energy dissipation integrated over the vessel volume according to the following expression:where *P* is the power draw, W, *N* is the mixing speed, s^--1^, τ is the stress, Pa, *A*~*imp*~ is the impeller area, m^2^, and *V* is the volume of reactor, m^3^.

Due to the usage of a head space in the simulations (see [Figure [3](#fig3){ref-type="fig"}](#fig3){ref-type="fig"}), the global values of mixing power, gas hold-up, and gas--liquid mass transfer were calculated from the iso-surface based on the gas hold-up range 0--0.5. It is worth mentioning that a small region of high gas fraction in the vicinity of the gas sparger is not included into the iso-surface.

3. Results {#sec3}
==========

The used models and boundary conditions in the current multiphase mixing simulations are summarized in [Table S5](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf).

The simulations were performed using 8 cores of Intel(R) Core(TM) i7-7700 CPU \@3.60 GHz and 16Gb operational memory. The strategy comprised three steps, namely: single phase mixing in steady state (7 eq-s--10 s/iteration), transient gas--liquid mixing (14 eq-s--20 s/iteration), and fermentation (5 eq-s--6s/iteration), which took 10 days of calculations for a set of operational conditions.

3.1. Reactor Hydrodynamics {#sec3.1}
--------------------------

In [Figure [4](#fig4){ref-type="fig"}](#fig4){ref-type="fig"}, the velocity vector field in a vertical plane is presented where all vectors are of the same size and in-plane to show the overall flow field in single phase mixing at 1 s^--1^.

![Velocity vector field of single phase water mixing at steady state in a vertical plane in the OKTOP®9000 reactor at 1 s^--1^ agitation speed.](ie-2018-02765n_0006){#fig4}

The draft tube enlarges the upper circulation loop, produced by a radial impeller. This effect combines benefits of airlift and stirred tank reactors. With a single mixer, aerated gas is well- distributed in the OKTOP®9000 reactor producing a large gas--liquid contact area while the raiser part provides a longer contact time. Depending on mixing speed, supplied gas can be trapped longer, being dragged into the draft tube near the reactor top. At strong enough agitation, solution can be aerated also through vortex appeared on the liquid surface. Global *Da* is smaller in single radial impeller draft tube reactors compared to multiple impeller reactors equipped with several Rushton turbines, which prevents compartmentalization of the species concentration gradient.^[@ref14]^

The reactor aeration was simulated transiently and the global parameters such as volumetric power, gas--liquid contact area, and mass transfer were followed to ensure stable multiphase flow is achieved. Temporal evolution of global parameters traced was noticed to approach a stable level at 40 s of simulation time.

It is known that the mixing power estimated from simulations is calculated more accurately via torque ([eq [34](#eq34){ref-type="disp-formula"}](#eq34){ref-type="disp-formula"}) than via the energy dissipation rate ([eq [35](#eq35){ref-type="disp-formula"}](#eq35){ref-type="disp-formula"}).^[@ref16]^ The difference at steady state is around 20%, which goes along with the obseravtions made by Joshi et al.^[@ref37]^ and Lane.^[@ref16]^ The underpredicted ε can be compensated linearly by the coeffcient as follows:^[@ref40]^where ε~*CFD*,*i*~ is the local average energy dissipation rate calculated by CFD, m^2^/s^3^, *w*~*i*~ is the mass fraction of liquid in cell *i*, ε\* is the compensated energy dissipation rate, m^2^/s^3^, and *m*~*q*~ is the mass of liquid in cell *i*, kg.

At the assumption of constant bubble size, the *k*~*L*~*a* values in the rotating and stationary zones of the reactor obtained in this work are 26 and 84% of total mass transfer. The linearly compensated energy dissipation rate as (1.2ε)^0.25^ increases the overall mass transfer coefficient less than 5%. One may debate that linear compensation is quite a guess and it should be performed rather via power law.^[@ref41],[@ref42]^ Checking this statement is worth separate research, and it is left out of the scope in this work. However, at the assumption that the underpredicted energy is located in the rotating zone, the linear compensation of ε in that zone only contributes to the overall *k*~*L*~ just around 2%. Thus, the mass transfer underprediction within 2--5% is negligible for the case under consideration at the assumption of constant bubble size.

More detailed information on the performance of the OKTOP®9000 reactor can be achieved from the contours of velocity filed, *d*~32~, and specific mass transfer, presented in [Figures [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"}--[7](#fig7){ref-type="fig"}. The effect of gas onto liquid phase hydrodynamics can be seen in [Figure [5](#fig5){ref-type="fig"}](#fig5){ref-type="fig"} where single and multiphase mixing hydrodynamics is presented in vertical midsection.

![Steady state liquid phase velocity contours in vertical plane gas--liquid mixing in OKTOP®9000 reactor at different air flow rates.](ie-2018-02765n_0007){#fig5}

The radial jets coming from the impeller are mainly pushes upward by gas, which reduces the mean velocity of the flow below the impeller. The mean velocity filed in the riser part of the reactor is almost unaffected while it is reduced in the draft tube due to the presence of gas. Near the solution surface, fluid is more agitated by gas escaping the liquid.

Gas--liquid hydrodynamics have been simulated with the assumption of constant bubble size, which is acceptable in the case of narrow BSD. However, mass transfer is much more sensitive toward bubble size. Therefore, [eq [28](#eq28){ref-type="disp-formula"}](#eq28){ref-type="disp-formula"} has been applied to get the Sauter mean diameter of bubbles in computational cells ([Figure [6](#fig6){ref-type="fig"}](#fig6){ref-type="fig"}). Mean volumetric bubble size was around 1.7 mm in the case of 4000 m^3^/h of gas flow rate, which produced 15% higher *k*~*L*~*a*. The calculated *d*~32~ has its minimum in the most turbulent region of radial flow created by the impeller while maximum values can be found in the regions of high local gas hold-ups and low mixing intensity that are located under impeller radial jet and in the central area close to the reactor top. Having left the mixing zone, the bubbles are moving spirally to the top staying distributed, which keeps relatively constant local gas volume fraction. As a result, no active coalescence can be seen in the middle of the reactor. At the top of the reactor, lowered mixing intensity in combination with increased gas hold-up results in coalescence rate increase and bubbles growth.

![Contour of *d*~32~ in vertical plane in OKTOP®9000 reactor at different air flow rates and 1 s^--1^ calculated via [eq [28](#eq28){ref-type="disp-formula"}](#eq28){ref-type="disp-formula"}.](ie-2018-02765n_0008){#fig6}

Additionally, the bubble size distribution was calculated at 4000 m^3^/h to assess the prediction found by [eq [28](#eq28){ref-type="disp-formula"}](#eq28){ref-type="disp-formula"}. For this purpose, the population balance equation for four moments represented the total number *m*~0~, length *m*~1~, surface area *m*~2~, and volume *m*~3~ of the population. The bubble size was limited in the range of 0.1--10 mm. Breakage frequency and daughter bubble distribution have been simulated using Laakkonen's models.^[@ref43]^ Coalescence was calculated via Luo's model.^[@ref44]^ The moments were calculated at frozen hydrodynamics using QUICK scheme and converged at 10^--4^. The results of the calculated mean bubble size are summarized in [Table S6](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf).

The results state that the value of mean bubble size predicted by different methods produced close results. The higher the gas flow rate, the smaller the effect of the global mass transfer. Bubble size distribution, calculated via [eq [28](#eq28){ref-type="disp-formula"}](#eq28){ref-type="disp-formula"}, was used further to get local mass transfer ([Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"}) and during the fermentation simulations.

![Contours of gas--liquid mass transfer in an OKTOP®9000 reactor at different air flow rates.](ie-2018-02765n_0009){#fig7}

Comparing the contours of specific mass transfer ([Figure [7](#fig7){ref-type="fig"}](#fig7){ref-type="fig"}), similarity in distribution can be found; however, mixing at micro scale promoted by turbulence, where oxygen is transported from bubble to liquid, is higher in the down part of the reactor. The highest mass transfer is in the vicinity of the impeller. Few words should be said about gas--liquid mass transfer in the draft tube. During experimental tests of gas--liquid mixing in the OKTOP®9000 reactor, gas was noticed to separate from the liquid phase and stick to the shaft in the draft tube under the Coriolis forces. Thus, gas--liquid mass transfer can only take place via the slip-velocity mechanism and considering gas phase as dispersed in the draft tube is not justified. However, the input to *k*~*L*~*a* in the draft tube is insignificantly small as well as in the area near the liquid surface.

Tervasmäki et al.^[@ref21]^ studied lab scale version of OKTOP reactor over the range of gas flow rate and impeller speeds. In [Chart [1](#cht1){ref-type="chart"}](#cht1){ref-type="chart"}, the comparison of the global gas--liquid mass transfer measured experimentally in the small scale reactor against simulated results at the industrial scale is presented.

![Mass Transfer in OKTOP Reactors at Different Scales in Ethanol 1% Solution at P/V ≈ 500 W/m^3^[a](#cht1-fn1){ref-type="p"}](ie-2018-02765n_0001){#cht1}

Large reactors provide higher specific interfacial area as bubble size distribution remains similar to smaller reactors when scale-up is done based on constant volumetric power. As a result, the efficiency of oxygen transfer grows along with the scale of the OKTOP reactor at similar specific power input.

The industrial scale reactor is more than 20 m in height and operates under atmospheric pressure. High hydrostatic pressure increases oxygen saturation concentration in the reactor ([Figure [8](#fig8){ref-type="fig"}](#fig8){ref-type="fig"}).

![Contours of hydrostatic pressure (left) and oxygen saturation concentration (right) in the OKTOP®9000 reactor.](ie-2018-02765n_0010){#fig8}

Microorganisms are sensitive to high shear strain of fluid media; therefore, the safety of *P. pastoris* bacteria was verified in the reactor at large scale. According to the electronic database of Harvard University,^[@ref45]^ the *P. pastoris* dimension is of 5 μm. In mixed flow, the turbulent eddies of size smaller than the bacteria can be of potential damage. Therefore, the ratio of the bacteria length to Kolmogorov's length scale is presented as a contour in a vertical plane ([Figure [9](#fig9){ref-type="fig"}](#fig9){ref-type="fig"}) at 4000 m^3^/h.

![Contour of λ~*x*~/η~K~ in a vertical plane in an OKTOP®9000 reactor at 1 s^--1^ and 4000 m^3^/h.](ie-2018-02765n_0011){#fig9}

The areas of λ~*x*~/η~K~ higher than 1 are potentially dangerous to the microorganisms. As can be seen, the flow strength is not enough to harm the bacteria. However, further increase of mixing speed may affect the microorganisms.

3.2. Bio Reaction {#sec3.2}
-----------------

### 3.2.1. Batch Mode {#sec3.2.1}

In this work, the cell cultivation process in the OKTOP®9000 reactor, initially enriched with oxygen, has been simulated in batch mode at 80 g/L of glucose and 2 g/L of cells. To verify the large-scale CFD results, experimental data was taken from the lab scale tests carried out by Tervasmäki et al.^[@ref21]^ for a similar but smaller setup. The concentrations of the glucose, ethanol, and cells are presented in [Chart [2](#cht2){ref-type="chart"}](#cht2){ref-type="chart"} as a function of time. The reported large-scale data points from CFD simulations were calculated as volume averaged.

![Temporal Evolution of Normalized Concentration of Species in Batch OKTOP®9000 Reactor at 80 g/L of Glucose and 2 g/L of Cells[a](#cht2-fn1){ref-type="p"}](ie-2018-02765n_0002){#cht2}

The simulated results of the fermentation taking place in the reactor at large-scale (800 m^3^) are in a reasonable agreement with those obtained during the experimental tests on the fermentation carried out in the OKTOP reactor at lab scale (14 L). Since the reaction rate is very low, the main difference between the reactors at lab and large scales is the oxygen transfer rate and oxygen saturation concentration. Following the ethanol production, the effect of oxygen transfer rate can be observed. Excess of available dissolved oxygen promotes glucose oxidation and inhibits fermentative reaction. Being converted to ethanol and then oxidized, the glucose loses part of its mass to CO~2~, resulting in the reduction of cell yield. The conversion is faster at higher oxygen mass transfer rate as well. In addition, minor uncertainties in measurements and maintenance of operational conditions took place as well and caused the deviation between simulated and experimental results.

4. Conclusions {#sec4}
==============

This work presents an aerobic fermenter modeled at industrial scale. Multiphase mixing flow hydrodynamics was simulated at steady state in the draft-tube OKTOP®9000 reactor. Gas--liquid drag force, comprising effects of laminar, turbulent regimes and bubble swarms, was applied to model the behavior of gas bubbles in ethanol containing fluid. Power number was measured at large scale in single phase mixing tests, and it was used for the model validation.

The effect of linearly compensated energy dissipation (ε), caused by spatial discretization, onto gas--liquid mass transfer at narrow BSD is considered and found below 5% in the stirred reactor. However, compensated dissipated energy would have greater effect in cases of wide BSD as gas--liquid contact area grows and bubble size gets smaller in the regions of high ε and opposite trends take place in the regions of low dissipated energy.

The large scale OKTOP reactor provides higher oxygen mass transfer rate at similar volumetric power consumption as in the lab scale reactor due to higher specific interfacial area. BSD contributes up to 15% of total *k*~*L*~*a* compared to constant bubble size in 1% ethanol solution in the large scale OKTOP reactor.

Fermentation kinetics, describing metabolism of *Pichia pastoris* bacteria, is presented. The batch fermentation process of the cell cultivation was simulated in the draft tube stirred-tank reactor of industrial scale at different air supply rates. The results were compared with experimental data measured at similar reactor of lab scale, and a good match was found. At higher aeration rate, glucose fermentation is avoided, which cuts the carbon losses in CO~2~ and increases the yield of the cells. The metabolism is pushed toward glucose oxidation that reduces retention time. The CFD modeling was proved to be a reliable tool for design of industrial aerobic fermenters.

The Supporting Information is available free of charge on the [ACS Publications website](http://pubs.acs.org) at DOI: [10.1021/acs.iecr.8b02765](http://pubs.acs.org/doi/abs/10.1021/acs.iecr.8b02765).Table 1. *Pichia pastoris* cultivation kinetics parameters. Table 2. Sizing of OKTOP®9000 reactor at industrial scale. Table 3. Operational conditions of protein growth in lab scale OKTOP®9000 reactor. Table 4. Results of grid test of single phase mixing in OKTOP®9000 at 1 s^--1^. Table 5. Summarized conditions for gas--liquid mixing in OKTOP®9000. Table 6. Volumetric mean *d*~32~ of bubbles found with different approaches and the corresponding mass transfer values ([PDF](http://pubs.acs.org/doi/suppl/10.1021/acs.iecr.8b02765/suppl_file/ie8b02765_si_001.pdf))
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